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ABSTRACT: The optimal design of reactive complex distillation systems is a highly nonlinear and multivariable problem, and the
objective function used as optimization criterion is generally nonconvex with several local optimums and subject to several
constraints. The esterification of lauric acid and methanol is explored using thermally coupled distillation sequences with side
columns and with a minimum number of reboilers. The product of the esterification can be used as biodiesel. This is a major step
forward since thermally coupled reactive distillation sequences with side columns and with a minimum number of reboilers offer
significant benefits, such as the following: reductions on both capital investment and operating costs due to the absence of the
reboilers and higher conversion and selectivity since products are removed as they are produced as well as no occurrence of thermal
degradation of the products due to a lower temperature profile in the column. In this work, we have studied the design of reactive
distillation with thermal coupling with a minimum number of reboilers, using differential evolution with restrictions coupled to
AspenONE Aspen Plus. Also, we have analyzed the control properties of the reactive distillation schemes studied, and the results
indicate that the energy requirements and the total annual cost of the complex distillation sequences with a minimum number of
reboilers are reduced significantly in comparison with the conventional reactive distillation process and can be also achieved without

significant control problems.

. INTRODUCTION

The world is presently confronted with the twin crises of fossil
fuel depletion and environmental degradation. Indiscriminate
extraction and lavish consumption of fossil fuels have led to a
reduction in underground-based carbon resources. The search
for alternative fuels, which promise a harmonious correlation
with sustainable development, energy conservation, efficiency,
and environmental preservation, has become highly pronounced
in the present context. The fuels of bio-origin can provide a
teasible solution to this worldwide petroleum crisis. Gasoline and
diesel-driven automobiles are the major sources of greenhouse
gases emission.' > Scientists around the world have explored
several alternative energy resources, which have the potential to
quench the ever-increasing energy thirst of today’s population.
Various biofuel energy resources explored include biomass, biogas,
primary alcohols, vegetable oils, biodiesel, etc. These alternative
energy resources are largely environment-friendly, but they
need to be evaluated on a case-to-case basis for their advantages,
disadvantages, and specific applications. Some of these fuels can
be used directly, while others need to be formulated to bring the
relevant properties closer to conventional fuels.”

Biodiesel, the common name for fatty acid methyl esters
(FAMBESs), is a liquid fuel obtained from the transesterification
of vegetable (or animal) oils. It involves simply the reaction,
under very mild conditions, between vegetable oil and typically a
large excess of alcohol of methanol, in the presence of an acid or
basic catalyst, which produces FAME:s as the main product and

v ACS Publications ©2011 American chemical Society

glycerol as a byproduct.® Biodiesel has drawn significant atten-
tion due to increasing environmental concern and diminishing
petroleum reserves. Biodiesel is a renewable and environmentally
friendly energy. Application of this energy not only can signifi-
cantly reduce the pollution generated from petroleum based
diesel oil but also can lessen the dependence on petroleum.
Presently, biodiesel is produced commercially in Europe and
USA to reduce air pollution and the net emission of greenhouse
gas. Surplus edible oils, such as rapeseed oil, soybean oil, or castor
oil, used cooking oil, rice bran oil, and algae, among others, are
used as raw materials for biodiesel.”'® Outstanding benefits of
biodiesel are the high cetane numbers that it naturally achieves
and the lack of polluting heteroatoms like sulfur or nitrogen.
Cetane number increase and sulfur/nitrogen content reduction
are the most capital intensive hydrotreatment processes that a
conventional refinery has to handle, a fact that lays the ground
for the biodiesel niche in the near-future refining business.'"
Also, biodiesel is safe, renewable, nontoxic, and biodegradable;
it contains no sulfur and is a better lubricant.
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Figure 1. Thermally coupled arrangement with minimum use of
reboilers: (a) with side rectifier (TCRDS-SR) and (b) with side stripper
(TCRDS-SS).

D

Figure 2. Conventional reactive distillation sequences: (a) direct (DRDS)
and (b) indirect (IRDS).

The current manufacturing biodiesel processes, however, have
several disadvantages: shifting the equilibrium to fatty esters by
using an excess of alcohol that must be separated and recycled,
making use of homogeneous catalysts that require neutralization
(causing salt waste streams), expensive separation of products
from the reaction mixture, and high costs due to relatively com-
plex processes involving one to two reactors and several separa-
tion units. Therefore, to solve these problems, some authors have
recently developed a biodiesel production process development
based on reactive distillation using solid acid catalysts.'*'® Recent
studies show the synthesis of fatty esters by reactive distillation
with a novel heat-integrated process.'” Solid acid catalysts are
also used in other processes of intensification such as the reactive
adsorption;'® these works in addition to its economic attractive-
ness include a study of control and dynamics.'**°

Reactive distillation integrates reaction and separation in one
unit. This intensifies mass transfer and allows in situ energy
integration while simplifying the process flowsheet and opera-
tion. However, combining the two operations is possible only if
the reactions show reasonable conversion and selectivity data at
pressures and temperatures that are compatible with the distilla-
tion conditions. The reduction in the number of processing units
and the direct heat integration between reaction and separation
can reduce capital investment as well as utility costs. Increased
overall conversion as well as improved selectivity in competing
reactions can be achieved in reactive distillation by the contin-
uous removal of products from the reaction zone of equilibrium
limited reactions.”’ Other process improvements can be realized
such as reducing byproduct formation, improving raw material
usage, and overcoming chemical equilibrium limitations.

Fatty esters are important fine chemicals used in the manu-
facturing of cosmetics, detergents, and surfactants. Particularly,
methyl ester could play a significant role in the future as a major
component of biodiesel fuels. Thus, in this paper, the esterification

of methanol and lauric acid is studied using thermally coupled
distillation sequences with a side column including the cases with
a minimum number of reboilers (Figure 1) and conventional
reactive distillation sequences (Figure 2). We have generalized,
for the reactive distillation case, a differential evolution stochastic
algorithm with restrictions coupled to the Aspen ONE Aspen
Plus process simulator for the evaluation of the objective function
and attributes to be optimized simultaneously.

2. DESIGN OF REACTIVE COMPLEX DISTILLATION
SYSTEMS

Design issues for reactive distillation systems are significantly
more complex than those involved in ordinary distillation.”
Catalyst selection, liquid holdup on each tray, and position of
feeds become important design considerations. Reaction often
occurs in the liquid holdup so that the reaction volume is a major
design parameter, and constant molar overflow cannot be assumed.
Also, a single feed may not be appropriate and a distributed feed
must be considered. Several optimization methods for the design
of nonequilibrium reactive distillation columns have been pro-
posed that utilize mathematical programming models. Ciric and
Gu”' were the first to present a rigorous, tray-by-tray model.
Their MINLP model, which is solved with Generalized Benders
Decomposition, is similar to the work by Viswanathan and
Grossmann*® and Viswanathan and Grossmann®* for optimizing
a conventional distillation column but ignores the effects of liquid
enthalpies. The number of trays is optimized in this model by
multiplying related constraints with a binary variable that repre-
sents the existence of a tray. This introduces bilinearities which
complicates the solution and exhibits poor numerical behavior.
Jackson and Grossmann® have developed a new optimization
model for the rigorous design of kinetically controlled reac-
tive distillation columns. The proposed model is based on the
Generalized Disjunctive Programming (GDP) framework devel-
oped by Yeomans and Grossmann®® for the design and synthesis
of distillation columns. The nonlinear tray-by-tray model is
described as well as the solution algorithm that is applied to two
different problems.

These methods are able to achieve the global minimum on
energy requirements, but they demand high mathematical efforts.
Furthermore, the formulation of such models is difficult and
time-consuming. In addition to the time and expertise needed to
formulate these models, the synthesis and design of distillation
sequences pose other difficulties. Finally, additional convergence
problems are generated when discontinuous functions, such as
complex cost functions, are introduced in the model. To com-
pensate for these difficulties, it is often necessary to supply initial
values for the optimization variables very close to the actual
solution, something that is not always an easy task. Even recent
studies have employed simplifications for the design model,
thermodynamics, hydraulics, or cost functions to obtain feasible
solutions or to examine complex superstructures in synthesis
problems.

In general, the optimal design of reactive complex distillation
systems is a highly nonlinear and multivariable problem, with the
presence of both continuous and discontinuous design variables;
also, the objective function used as optimization criterion is
generally nonconvex with several local optimums and subject to
several constraints. Due to the nonmonotonic and local optimum
properties of the search space, conventional derivative-based
optimization algorithms turned out to be incapable of finding the
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global optimum design in most cases. Stochastic optimization
algorithms are capable of solving, robustly and efliciently, the
challenging multimodal optimization problem, and they appear
to be a suitable alternative for the design and optimization of
complex separation schemes.

Among stochastic algorithms, differential evolution (DE) has
shown their merits in approaching the global optimum quickly
and steadily. DE is a population-based method that has found
several applications in science and engineering, including chemi-
cal engineering and for parameter estimation.”” >' This is a
method that optimizes a problem by iteratively trying to improve
a candidate solution with regard to a given measure of quality. DE
optimizes a problem by maintaining a population of candidate
solutions and creating new candidate solutions by combining
existing ones according to its simple formulas and then keeping
whichever candidate solution has the best score or fitness on
the optimization problem at hand. In this way the optimization
problem is treated as a black box that merely provides a measure
of quality given a candidate solution, and the gradient is therefore
not needed. Differential evolution has several features that make
it attractive for solving optimization problems with modular
simulators, where the model of each unit is only available in an
implicit form (black-box model).

3. CASE STUDY

Fatty esters are important fine chemicals used in the manu-
facturing of cosmetics, detergents, and surfactants. Particularly,
methyl ester could play a significant role in the future as a major
component of biodiesel fuels.>* Then, the esterification reaction
to generate biodiesel can be conceptually represented by the
following equation

Alcohol + FattyAcid <> Ester + Water (1)

Particularly, the esterification of methanol and lauric acid is
studied using the reactive thermally coupled systems with a mini-
mum number of reboilers, Figure 1, and reactive conventional,
Figure 2, distillation sequences. In this reaction, lauric acid is the
limiting reactive, so a mixture integrated by methanol, water, and
the ester (biodiesel) is generated. The equilibrium of this reac-
tion can be favored if the products are removed as the reaction
proceeds. Due to this, we are considering that the reaction just
occurs in a section of the first distillation column and not in the
second one.

An additional problem may present itself; depending on the
acid and the alcohol used, binary or ternary homogeneous azeo-
tropes can be formed in the reactive system. For highly nonideal
systems, heterogeneous azeotropes can be formed.*” These key
factors must be considered in order to select the appropriate
thermodynamic model when the system is studied with process
simulators. For this class of reactive systems, thermodynamic
models such as NRTL, can be used to calculate vapor—liquid or
vapor—liquid—liquid equilibrium, as required in this case study.

The systems include two feed streams; the first is lauric acid
with a flow of 45.4 kmol/h as saturated liquid at 1 atm, and the
second is methanol with a flow of 54.48 kmol/h as saturated
vapor at 1 atm. The design objective is a process for high-purity
fatty ester, over 99.9% mass fraction, suitable for applications in
cosmetics, detergents, surfactants, or biodiesel application. It is
important to highlight that this equilibrium reaction is usually
catalyzed using sulfuric acid or p-toluensulfonic acid. The kinetic
model (see Table 1) reported in Steinigeweg and Gmehling®

Table 1. Kinetic Parameters for the Pseudohomogeneous
Kinetic Model of the Esterification Reaction

reaction k°(mol/g s) Ea; (kJ/mol)
esterification 9.1164 x 10° 68.71
hydrolysis 14998 x 10" 64.66

was used. In this case it is important to note that using a homo-
geneous catalyst in the reactive distillation setup has significant
drawbacks, such as requiring neutralization and separation, while
producing salt waste streams. The use of solid acid catalysts can
be an alternative.'>'¢

4. OPTIMIZATION STRATEGY

The optimization problem is established for each distillation
sequence, considering the objectives, constraints, and variables
included. For all schemes presented here, methanol is fed in
excess to the reaction that is performed with lauric acid. We
considered as initial guess a complete conversion of the lauric
acid, and that excess methanol is only obtained as a product.
Considering this, we performed the material balances for the
products of the reaction. Thereby, the recoveries and mass
purities of unreacted methanol and water are calculated with
respect to the results of the material balances. For the ester, we
specify 99.9% for the mass purity. It is worth mentioning that the
conversion of the reaction is not an optimization objective itself;
however, we specify the recoveries of the unreacted compound,
methanol, and of the principal product, ester, as constraints of the
problem. Thereby, indirectly the conversion is considered as an
objective.

In the reactive direct and indirect conventional distillation
sequences, the objective to minimize is the cost of steam plus the
cost of the cooling water in each column. The minimization of
this objective is subject to the required recoveries and purities in
each product stream

Mjn(CU) - f(RRb RDI) Sl; SFAI/ SMI; SIN/ SSRI/ SERI; RRH} RDH} SH)
subject to

y m = X m (2)
where Cy is the cost of steam plus the cost of the cooling water in
all columns, RR; and Rpy; are the reflux ratio and distillate flow
rate in column I, S; is the number of stages of the column I, Sga;
and Sy are the stages of feeds, Sgr; and Sgg; are the sizes of
the reactive sections in the first columns of the conventional
reactive distillation sequences (Figure 2), Syy is the feed stage in
the column II, RR;; and Rpy; are the reflux ratio and distillate flow
rate in column II, S;7 is the number of stages of column II, and
¥m and x,, are the vectors of obtained and required purities and
recoveries for the m components, respectively. This minimiza-
tion implies the manipulation of 11 variables as continuous as
integer. Note that since the product streams flows are manipu-
lated, the recoveries of the key components in each product
stream must be included as a restriction.

On the other hand, for the reactive thermally coupled distilla-
tion sequences with minimum use of reboilers, there is one
objective to minimize: the cost of steam and the cost of the
cooling water in the columns plus the cost of the utilities in the
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Figure 3. Flowchart for the differential evolution algorithm.
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flash tank. The minimization problem can be expressed as

Min(Cy) = f(RRy, Sy, Sgar, Seviy Seviy Ssriy Seriy S, Fry R)
subject to
Vw2 %, (3)

where Cyis the cost of steam and the cost of the cooling water in
the columns plus the cost of the utilities in the flash tank, RR; is

5859

the reflux ratio in the column I, S; is the number of stages of
the column I, Sg4; is the stage of the feed, Sgry and Sgg; are the
sizes of the reactive sections in the first columns of the complex
reactive distillation sequences (Figure 1), Sgy; and Sg;; are the
stages of the interconnectig flow rates in column I, S is the
number of stages of the column II, F is the flow rate of the
thermally coupling, R is the reflux ratio or bottoms flow rate of
column II, and y,,, and x,,, are the vectors of obtained and required
purities and recoveries for the m components, respectively.
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This minimization implies the manipulation of 10 variables as
continuous as integer.

Then, in order to optimize the reactive sequences we used
a differential evolution algorithm with constraints coupled to
AspenONE Aspen Plus. This link allows obtaining the optimal
and rigorous designs of the reactive schemes that satisfied the
purities and recoveries required. The term “rigorous” means that
all designs presented were obtained considering the complete set
of MESH equations along with the phase equilibrium calcula-
tions, using the Radfrac module of AspenONE Aspen Plus. The
differential evolution algorithm works as follows: an initial
population is randomly generated using uniformly distributed
random numbers spanning the entire feasible space. The indivi-
duals are checked for boundary violation (check if any individual
is generated in the infeasible region; the infeasible points are
replaced by generating new individuals until they are feasible).
The first step is to compute the objective function value of every
individual. Then, for each individual in the population, named
“parent”, a “mutant” is produced by applying the particular repro-
duction operator of differential evolution. Mutants created by the
reproduction operator have two characteristics: 1) keep explora-
tion and diversity of the population, escaping from local minima,
and 2) convergence to the optimum by adaptive mutations.
Mutations obey the actual distribution of the population on the
search space. A mutant is created from three vectors chosen
randomly from the population. For every dimension X, X,, X;,
X4y -y Xy the difference of two vectors is computed and multi-
plied by a factor F, (0 < F < 1), then the scaled difference is added
to respective component of the third vector, and finally it is
stored in the mutant. This process is repeated n times, filling one
component of the n-dimensional mutant in each step. Selection
is deterministic and applied when the mutant is ready. The objec-
tive function value of the parent and the mutant are compared,
and the best individual, either the parent or the mutant, is copied
to populate the next generation. Once all parents have been
traversed, the next population thus created simply replaces
the old one, and a new generation can start. One iteration
(generation) of the differential evolution algorithm traverses all
parents. For each parent a mutant vector is created as explained
before. The iterations are stopped until a termination criterion
is satisfied. The algorithm then terminates providing the best
point that has been explored over all the generations (Figure 3).
For the optimization of reactive distillation sequences, we used
100 individuals and 150 generations as parameters of the dif-
ferential evolution algorithm, with 0.80 and 0.40 for crossover
and mutation factor, respectively.** These parameters were
obtained through a tuning process. The simulation ware per-
formed on a Dell computer with processor Intel Core i7CPU 930
2.80 GHz, 6.00 GB memory, Windows 7 Ultimate, Matlab
version 7.8.0.347 (R2009a) and Aspen One V7.0.

5. SINGULAR VALUE DECOMPOSITION (SVD)

We complement this work, analyzing the control properties
of the design obtained. Open loop dynamic responses to set
point changes around the assumed operating point were ob-
tained. The responses were obtained through the use of Aspen
Dynamics. Transfer function matrices (G) were then collected
for each case, and they were subjected to singular value
decomposition (SVD)

G=vyYwh! (4)

Table 2. Product Streams in Distillation Reactive Sequences

mole flow [kmol/h] mass frac

sequences  biodiesel water methanol biodiesel water methanol

DRDS 4535 4535 89S 0.9994  0.9999  1.0000
IRDS 4535 4521 877 0.9993  0.9970  0.9907
TCRDS-SR 39.25 4535 271 0.9991 0.9861  1.0000

TCRDS-SS 41.79 4531  5.329S 0.9991  0.9869  0.9950

Table 3. Parameters of the Configurations of Conventional
Schemes

distillation sequences

DRDS IRDS

design specifications columnI columnIl columnI column II

RR 226 0.10 2.02 8.71
Ry [kmol/h] 4535 8.96 54.14 8.99
Rg [kmol/h] 54.44 4548 45.58 4529
Fga [kmol/h] 4538 - 4535 -

Far [kmol/h] 54.43 - 54.43 -

S 36 28 40 49
Sea 8 . 27 ;

Snmt 36 - 10 R

Sin - 16 - 22
Ssr 18 - 14 -

Ser 28 ; 38 ;

P [atm] 1.00 1.00 1.00 1.00
Py [atm] 1.68 1.68 1.68 1.68
T [°C] 83.73 64.66 99.26 64.72
Ty [°C] 269.65 11500  291.42 265.51
Qe [kw] 167636 —98.05 —187197 —848.98
Qp [kW] 37.52 110646 114592  880.52
ER [kWh/Ton FAME]* 172.36 263.09

“ Utilities is also considered to bring the methanol of liquid to vapor
saturated.

where X = diag (0},....,0,,), 0; = singular value of G = (/li)l/z
(GGH); V = (v}, vy....) matrix of left singular vectors; and
W = (w), ,....) matrix of right singular vectors. Two parameters
of interest are the minimum singular value, 0%, and the ratio
maximum to minimum singular values, or condition number

y =" /ox (5)

The minimum singular value is a measure of the invertibility of
the system and represents a measure of potential problems of the
system under feedback control. The condition number reflects
the sensitivity of the system under uncertainties in process
parameters and modeling errors. These parameters provide a
qualitative assessment of the theoretical control properties of the
alternate designs. The systems with higher minimum singular
values and lower condition numbers are expected to show the
best dynamic performance under feedback control.>* In this case
we cover a sufficiently complete range of frequencies. Similar
studies have been reported by Jantes-Jaramillo et al.,** Gémez-
Castro et al,,”’ Ibarra-Sanchez and Segovia—Hern:indez38 among
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others, for control analysis in studies of thermally coupled
distillation systems.

Table 4. Parameters of Thermally Coupled Distillation
Schemes with a Minimum Number of Reboilers

distillation sequences

TCRDS-SR TCRDS-SS
operating specifications ~ columnI  rectifier ~ columnI  stripper
RR 1.52 7.99 28.80 4.14
Rp [kmol/h] 4572 271 52644 14.19
Rg [kmol/h] 5135 19.36 48.88 45.65
Fea [kmol/h] 4536 ; 4536 ;

Fy [kmol/h] 54.43 - 54.43 -

S 28 18 22 S

Sga 13 - 14 -

Sut 28 ; 22 .

Spv 28 18 7 1

SeL 28 18 14 1
Fev[kmol/h] 22.08 14.19

Fry [kmol/h] 19.36 59.83

Ssr 19 - 10 -

Sex 25 ; 21 ;

P [atm] 1.00 1.00 1.00 1.00
Py [atm] 1.68 1.68 1.68 1.68
Te [°C] 98.56 64.54 69.50

Ty [°C] 151.53 - 177.22 113.75
Qe [kW] 130634 —23891 —1523.08 -

Qu [kW] 77695 - 538.41° 169.07
ER [kWh/Ton FAME]” 15549 138.31

“Heat duty in the flash tank. ® Utilities are also considered to bring the
methanol of liquid to vapor saturated.

Table 5. Total Annual Cost of the Distillation Sequences

6. RESULTS

The results are presented in two sections; in the first section,
the two thermally coupled distillation sequences with a minimum
number of reboilers are compared in terms of energy require-
ments, cost of cooling water plus cost of vapor and total annual
costs (calculated using the method of Guthrie Appendix A of
Turton et al.*). The second section presents the theoretical
control properties obtained in the SVD analysis derived from
open-loop dynamic simulation in Aspen Dynamics.

6.1. Steady State Analysis. Table 2 shows the molar flows
and mass fraction purities for the products obtained in all
distillation sequences. The tray arrangements and some impor-
tant design variables for all sequences after the optimization task
are given in Tables 3 and 4. It can be seen that the total number of
stages in the conventional reactive distillation sequence is higher
in comparison with thermally coupled reactive distillation se-
quences with a minimum number of reboilers, which are topo-
logically more complex than conventional systems.

Table S presents the energy requirements, the cost of equip-
ment, and the total annual costs for the four reactive distillation
sequences after the optimization procedure. The optimized
designs comply with the restrictions of the purities and recoveries
in all components. Figures 4 and 5 show the composition profiles
for the distillation columns TCRDS-SR and TCRDS-SS. These
composition profiles show that the composition of the biodiesel
in the bottoms product does not fit the desired value of 99.9 mass
fraction, for that reason, an additional flash tank is used.

The conventional designs present up to 59.38% more equip-
ment cost, 67.37% more energy requirements, and 62.60%
more total annual costs than the complex reactive distillation
sequences, despite the presence of the flash tank, which involves
additional equipment that is not present in conventional distilla-
tion arrangements. According to the results presented in Table 5,
the best option in economic terms is the design TCRDS-SS. The
total annual cost of this designs that turns out to be the cheapest
is 436,808 $/yr. Given these results, it is possible to conclude that
the best design among the four case studies reviewed is the
system TCRDS-SS with a minimum number of reboilers. Ad-

distillation equipment  energy consumption total annual cost ditionally, this design has the lowest total number of stages when
sequences [UDS /year] [UDS /year] [UDS /year] compared with the other configurations studied.
6.2. Controllability Results. In order to conduct the SVD anal-
DRDS 512,162 339,459 851,621 ysis, open-loop transfer functions are required (see the Appendix).
IRDS 693,781 475,301 1,169,082 In this study, step changes in the input variables were imple-
TCRDS-SR 351,879 185,077 536,955 mented, and the open-loop dynamic responses were registered.
TCRDS-SS 281,759 155,049 436,808 The dynamic responses were adjusted to transfer functions and
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Figure 4. Composition profiles for the distillation column CI in TCRDS-SR.
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Figure 6. Condition number of the configurations of conventional schemes and thermally coupled distillation schemes with a minimum number of reboilers.

arranged into transfer function matrices. It can be noted that the
dynamic responses can be adjusted to first or second order
transfer functions with or without dead times.

Figure 6 presents the condition number in the frequency
domain of interest, and a clear trend is observed. For this
reaction-separation task, the IRDS arrangement shows the lowest
values of ¢, and according to Figure 7, the highest values of 0.
These results indicate that the IRDS system has better theoretical
control properties than the other three sequences. From a
physical point of view, low values of the minimum singular value
and high values of the condition number imply large movements
in the control valves for changes in the set points and load
rejection. However, the TCRDS-SR system shows similar values
of y* and 0~ to those of the IRDS system. It can be expected that
the system using a thermally coupled reactive distillation with a
minimum number of reboilers will present similar closed-loop
dynamic behavior for both set point tracking and load rejection
to the indirect conventional reactive distillation arrangement.
In the case of the DRDS, it can be seen that it shows the worst
control properties because it has the highest values of condi-
tion number and the lowest values of minimum singular value.
Regarding control properties, the complex distillation sequences

exhibit theoretical control properties between the IRDS and
DRDS schemes.

At this point it is important to note that according to the
results obtained in steady state, it can be concluded that the best
design option is the system TCDS-SS as it shows the lowest total
annual cost. However, its control properties are not good in com-
parison with the system using an indirect conventional distilla-
tion column (which is the one that shows the highest total annual
cost). When the comparison is made only between the coupled
arrangements, it is observed that TCRDS-SR shows a total
annual cost 22.92% higher and 19 stages more than TCRDS-SS
arrangement. However, TCRDS-SR presents significant savings in
equipment cost, service consumption, and total cost of operation
compared to conventional systems and similar control properties to
the indirect conventional reactive distillation arrangement (the best
option in the controllability analysis). Thus making a comparative
study a feasible best design, for this case of production of fatty ester,
is TCRDS-SR with a minimum number of reboilers.

7. CONCLUSIONS

A design methodology for thermally coupled reactive distil-
lation sequences with a minimum number of reboilers has
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Figure 7. The minimum singular value of the configurations of conventional schemes and thermally coupled distillation schemes with a minimum

number of reboilers.

been presented. This methodology is based on stochastic opti-
mization techniques, namely differential evolution. The results
indicate that energy requirements of the complex reactive
distillation sequences with a side column with a minimum
number of reboilers can be reduced significantly over conven-
tional reactive distillation sequences. Particularly, a feasible best
design, for this case of production of fatty ester, is TCRDS-SR
with a minimum number of reboilers because it presents
significant savings in equipment cost, utilities, and total cost
of operation compared to conventional systems and similar
control properties to the best option in the controllability
analysis. The results also indicate that alack of interconnections
(as in case of conventional reactive distillation arrangements)
does not necessarily provide the operational advantages origin-
ally expected given the resulting, simpler, structural design. It is
apparent that the presence of recycle streams, instead of
deteriorating the dynamic behavior of separation sequences,
may contribute positively to their dynamic properties. In
general, our results show that a stochastic optimization ap-
proach, using differential evolution with restrictions coupled to
AspenONE Aspen Plus, is robust and suitable for the design of
thermally coupled reactive distillation systems with a minimum
number of reboilers.

B APPENDIX

Tables 6—9 show the transfer function matrices generated
in Aspen Dynamics, for the four sequences by implementing
step changes in each manipulated variable and registering the

open loop dynamic response of the product compositions (water,
methanol, and biodiesel).

Table 7. Transfer Function Matrix for IRDS

Qo Rey Qo
X 0.6574 0144 00718 —0.0538
W10.1129s7+ 0.50s+ 1 1+0.35s5 1+ 1.065 0.3513s%+ 0.565+1
X —0.6318 0.6784 0.0162
M 1+ 0.93s 1+1.13s 1+ 1.36s
X5 . o 0.0072
14033

Table 8. Transfer Function Matrix for TCRDS-SR

Ry Rey Qar
X 0.58 0.4324 0.0002
w 1+1.32s 1+1.33s 1+0.001s
—0.0078 —0.0006
Xy — — 0
1+1.33s 1+2.38s

—-0.0156 + 0.588 -0.1074 + 0.59 0.1162
®lot6s+1 (1+3s)(1+3.07s) 1400145 1+111s 1+ 3.15s

Table 9. Transfer Function Matrix for TCRDS-SS

Qa: Rppp Qo
0.2828 0.59 + 2.7680 —1.0222
w 1+1.32s 1-0.16s 1+0.17s 1+ 1.83s
—0.0152 0.0316 + —0.025 0.0624
i 1-1.33s 1+0.59 1+2.31s 1+1.33s
Xg 0.0006 -0.0132 0.0028 + —0.0008
1+ 1.33s 1+0.52s 1+059s 1+ 1.41s

Table 6. Transfer Function Matrix for DRDS

-
R Reg, Car
0.0014
o 1+ 5.365 ° ©
Xpe 0.3032¢ 1288 0.0256 2.5286
11657 +2.185+1 1+ 1.34s 1— 15.82s
Xy —1.8254 0.0014 —0.0004

1+ 1.27s 1 + 179 365 1+ 1.70s
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M 8. NOMENCLATURE

ER=energy requirements

Fra=flow of fatty acid

Fy=flow of methanol
Fry=interconnection flow of vapor phase
Fry=interconnection flow of liquid phase
P=top pressure

Pp=Dbottom pressure

Qc=condenser duty

Qgp=reboiler duty

Rp=distillate rate

Rz=bottoms rate

RR=reflux ratio

S=number of stages

Sra=feed stage of fatty acid

Sm=feed stage of methanol

Sin=feed stage of column II
Ssr=starting of reactive section
Ser=ending of reactive section
Spy=interconnection stage of vapor phase
Srr=interconnection stage of liquid phase
Tc=condenser temperature

Tp=reboiler temperature
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